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a b s t r a c t

A comprehensive mechanistic model describing gas-phase propylene polymerization is developed. The
kinetics of polymerization is based on a multiple active site for Ziegler–Natta catalyst. The model considers
ccepted 21 April 2010
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the polymerization reaction to take place in both bubble and emulsion phases. The developed model was
used to predict polymer production rate, number and weight average molecular weights, polydispersity
index (PDI) and melt flow index (MFI). Results showed that by increasing the superficial gas velocity from
0.1 to 0.7 m/s the proportion of the polymer produced in the bubble phase increases from 7.92% to 13.14%
which highlights the importance of considering the existence of catalyst in the bubble phase. Comparing
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. Introduction

Bubbling fluidized beds have extensively been studied over
he past 50 years and a variety of models have been proposed
o describe their steady-state and dynamic behavior [1–6]. The
iterature shows that the main objective of gas-phase olefin poly-

erization reaction engineering is to understand how the reaction
echanism, the physical transport processes, reactor configuration

nd reactor operating conditions affect the properties of the poly-
er product. In general, polymerization processes can be widely

lassified into homogeneous and heterogeneous. The homoge-
eous reactor comprises polymerization which is carried out in just
ne phase. In the heterogeneous systems, polymerization occurs in
he presence of different phases, thus, inter-phase mass transfer,
eat transfer and chemical reactions are important.

To describe the kinetic scheme of heterogeneous Ziegler–Natta
atalyst, single, as well as multiple, catalyst active sites models
ave been proposed [7–9]. In this kinetic scheme the key elemen-
ary reactions have been established, which include formation of
ctive centers, insertion of monomer into the growing polymer
hains, chain transfer reactions, and catalyst deactivation. Most of
he proposed mechanisms are based on information about poly-
erization rate, molecular weight distribution and active center
oncentrations.

A flow diagram of gas-phase polypropylene production pro-
ess is shown in Fig. 1. As shown in this figure, Ziegler–Natta

∗ Corresponding author. Tel.: +60 379675214; fax: +60 379675319.
E-mail address: mohd azlan@um.edu.my (M.A. Hussain).

385-8947/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
oi:10.1016/j.cej.2010.04.037
lished models of the same reactor revealed that the polymer productivity
odel at high catalyst feed rate.

© 2010 Elsevier B.V. All rights reserved.

catalyst and triethyl aluminum co-catalyst are charged continu-
ously to the reactor and react with the reactants (propylene and
hydrogen) to produce the polymer. The feed gas which comprises
propylene, hydrogen and nitrogen, provides fluidization through
the distributor, heat transfer media and supply reactants for the
growing polymer particles. The fluidized particles disengage from
unreacted gases in the disengaging zone. The solid-free gas is
combined with fresh feed stream after heat removal and recy-
cled back to the gas distributor. The monomer conversion per pass
through the bed can vary from 2% to 5% and overall monomer
conversion can be as high as 98% [10]. The polypropylene prod-
uct is continuously withdrawn from near the base of the reactor
and above the gas distributor. The unreacted gas is recovered
from the product which proceeds to the finishing area of the
plant.

Many researchers (e.g., [1,10–13]) have presented various mod-
els for gas-phase olefin polymerization in fluidized-bed reactors
in order to investigate temperature control problems and to pre-
dict system stability. In this work, a dynamic multiple active sites
model is presented to describe the kinetic behavior, production
rate and molecular weight distribution of propylene homopoly-
merization, in an industrial-scale gas-phase fluidized-bed reactor.
The present model focuses on characterizing the homopolymer-
ization kinetics occurring at the multiple active sites of the
catalyst.
2. Polymerization kinetics

Ability of the heterogeneous Ziegler–Natta catalysts to pro-
duce polymers with broad molecular weight distributions has

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:mohd_azlan@um.edu.my
dx.doi.org/10.1016/j.cej.2010.04.037
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Nomenclature

AlEt3 triethyl aluminum co-catalyst
Ar Archimedes number
B moles of reacted monomer bound in the polymer in

the reactor
Bw mass of resin in the reactor (kg)
dp particle diameter (m)
Fcat catalyst feed rate (kg/s)
F∗

in
(j) molar flow rate of potential active sites of type j into

the reactor
H2 hydrogen
Im impurity such as carbon monoxide (kmol/m3)
j active site type
kdI(j) deactivation by impurities rate constant for a site of

type j
kds(j) spontaneous deactivation rate constant for a site of

type j
kf(j) formation rate constant for a site of type j
kfh(j) transfer rate constant for a site of type j with termi-

nal monomer M reacting with hydrogen
kfm(j) transfer rate constant for a site of type j with termi-

nal monomer M reacting with monomer M
kfr(j) transfer rate constant for a site of type j with termi-

nal monomer M reacting with AlEt3
kfs(j) spontaneous transfer rate constant for a site of type

j with terminal monomer M
kh(j) rate constant for reinitiation of a site of type j by

monomer M
khr(j) rate constant for reinitiation of a site of type j by

co-catalyst
ki(j) rate constant for initiation of a site of type j by

monomer M
kp(j) propagation rate constant for a site of type j with

terminal monomer M reacting with monomer M
M monomer (propylene)
MFI melt flow index (g/10 min)
Mn number average molecular weight of polymer

(kg/kmol)
Mw weight average molecular weight of polymer

(kg/kmol)
Mw monomer molecular weight (kg/kmol)
N*(j) potential active site of type j
N(0, j) uninitiated site of type j produced by formation

reaction
N(1, j) living polymer chain of type j with length one
N(r, j) living polymer molecule of length r, growing at an

active site of type j, with terminal monomer M
Nd(j) spontaneously deactivated site of type j
NdI(0, j) impurity killed sites of type j
NdIH(0, j) impurity killed sites of type j
NH(0, j) uninitiated site of type j produced by transfer to

hydrogen reaction
NS number of active site types
P pressure (Pa)
PDI polydispersity index
PP polypropylene
Q(r, j) dead polymer molecule of length r produced at a site

of type j
r number of units in polymer chain
R instantaneous consumption rate of monomer

(kmol/s)
R (j) rate at which monomer M is consumed by propaga-

tion reactions at sites of type j

Remf Reynolds number of particles at minimum fluidiza-
tion condition

Rp production rate (kg/s)
Rpb bubble phase production rate (kg/s)
Rpe emulsion phase production rate (kg/s)
Rv volumetric polymer outflow rate from the reactor

(m3/s)
t time (s)
T temperature (K)
U0 superficial gas velocity (m/s)
Umf minimum fluidization velocity (m/s)
V reactor volume (m3)
Vb volume of bubbles
Vp volume of polymer phase in the reactor (m3)
Vpb volume of polymer phase in the bubble phase (m3)
Vpe volume of polymer phase in the emulsion phase

(m3)
X (n, j) nth moment of chain length distribution for dead

polymer produced at a site of type j
Y(n, j) nth moment of chain length distribution for living

polymer produced at a site of type j

Greek letters
ı volume fraction of bubbles in the bed
εb void fraction of bubble for Geldart B particles
εe void fraction of emulsion for Geldart B particles
εmf void fraction of the bed at minimum fluidization
� gas viscosity (Pa s)
�g gas density (kg/m3)

�s polymer density (kg/m3)

long being recognized. There are two factors responsible for
exhibiting this distribution. One factor is mass and heat trans-
fer resistances that lead to a broadening of the molecular weight
distribution. The other factor is existence of multiple sites where
each type has its own relative reactivity. However, it has been
shown that under most polymerization conditions, the effect of
multiple active site types is more important than that of trans-
port resistances [14,15]. The single-site kinetic model is not
enough to describe the kinetic behavior, production rate and
molecular weight distribution of propylene homopolymerization.
Therefore, a two-type active site was considered in the present
study.

Using a similar methodology to McAuley et al. [9], Kissin [16]
and Carvalho de et al. [17], the following kinetic model was devel-
oped using Ziegler–Natta catalysts containing multiple active sites
to describe the homopolymer production rate, molecular weight
and its distribution. Throughout this section, the index j refers to
the type of active site. Each site type is associated with different rate
constants for formation, initiation, propagation and chain trans-
fer. The following reactions were considered for the Ziegler–Natta
multi-site catalyst.

2.1. Formation of active sites

For a typical Ziegler–Natta catalyst potential active sites of type
j on the catalyst particle and the co-catalyst react to form active

sites [16]:

N∗(j) + co-catalyst
kf (j)
−→N(0, j) (1)
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Fig. 1. Schematic of an industria

.2. Initiation of active sites

The active sites react with the monomer to form propagation
ites:

(0, j) + M
ki(j)−→N(1, j) (2)

.3. Propagation

The propagation sites support the growth of living polymer
hains. Addition of fresh monomer molecules to active sites
ncrease the length of the chain by one unit as indicated below:

(r, j) + M
kp(j)−→N(r + 1, j) (3)

.4. Chain transfer reactions

Chain transfer reactions occur with monomers, hydrogen, co-
atalyst and spontaneous transfer reactions [16]. These chain
ransfer reactions are described in more details below.

.4.1. Transfer to monomer
Chain transfer to monomer reactions can be expressed as:

(r, j) + M
kfm(j)−→ N(1, j) + Q(r, j) (4)

here Q(r, j) is a dead polymer segment of length r which cannot
ndergo any further reactions. The living polymer chains of length
ne, N(1, j), can propagate to form new polymer chains.

.4.2. Transfer to hydrogen
The main transfer step in industrial propylene polymerization
s the transfer to hydrogen. Varying hydrogen concentration in the
eactor is the main technique to control molecular weight averages
f industrial polypropylene resin.

(r, j) + H2
kfh(j)−→NH(0, j) + Q(r, j) (5)
ized-bed polypropylene reactor.

NH(0, j) + M
kh(j)−→N(1, j) (6)

These sites become quickly reinitiated by reacting with the co-
catalyst. If the co-catalyst is triethyl aluminum, the reinitiation
reaction is given by [16]:

NH(0, j) + AlEt3
khr (j)−→N(1, j) (7)

2.4.3. Transfer to co-catalyst
For particular reactor operation conditions, especially at ele-

vated polymerization temperatures, transfer to co-catalyst may be
considerable. It is, however, generally negligible at normal poly-
merization temperatures with Ziegler–Natta catalysts [18].

N(r, j) + AlEt3
kfr (j)−→N(1, j) + Q(r, j) (8)

2.4.4. Spontaneous transfer
Spontaneous transfer reactions can be described as:

N(r, j)
kfs(j)−→NH(0, j) + Q(r, j) (9)

This site can undergo initiation reactions with monomer as for
transfer to hydrogen.

2.5. Deactivation reactions

Active sites may deactivate spontaneously to generate dead sites
and dead polymer chains that are unable to catalyze polymeriza-
tion:
N(r, j)
kds(j)−→Nd(j) + Q(r, j) (10)

N(0, j)
kds(j)−→Nd(j) (11)

NH(0, j)
kds(j)−→Nd(j) (12)
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Table 1
Differences between the present model and the previously models.

No. Function Present model Harshe et al. [6] Zacca et al. [5]

1 Phases Bubble and emulsion phases Bubble and emulsion phase Only one phase (well mixed)
2 Chemical reaction Chemical reaction occurs in

emulsion and bubble phase
Chemical reaction occurs only in the
emulsion phase

Chemical reaction occurs in one phase

3 Rate of reaction Activation, initiation, propagation,
chain transfer to monomer, chain

Propagation, spontaneous deactivation
and site transformation reactions

Propagation, spontaneous deactivation
and site transformation reactions
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transfer to hydrogen, chain transfer
to co-catalyst, spontaneous chain
transfer, spontaneous deactivation
and reaction with poisons

.6. Reactions with poisons

Existence of catalyst poisons in the polymerization system is
onsidered as one of the worst conditions in industrial polymeriza-
ion processes. One of the functions of alkyl aluminum catalysts is
o passivate the system by removing most of the polar poisons in
he reactor prior to catalyst injection and polymerization. Even low
evels of some reactive impurities, such as carbon monoxide, can
ause a nearly instantaneous drop in propagation rates. Adsorption
f such an impurity onto a catalyst site can cause it inactive. These
eactions can be shown as follows:

(r, j) + Im
kdI (j)−→NdIH(0, j) + Q(r, j) (13)

H(0, j) + Im
kdI (j)−→NdIH(0, j) (14)

(0, j) + Im
kdI (j)−→NdI(0, j) (15)

. Model development

A mathematical model based on the previously explained
inetic system was derived in the present study. This model consists
f mass balances on the species present in the reactor and a series
f algebraic and differential equations presented in the next sub-
ection. Characterization of polymer properties is modeled using
he population balances and method of moments. Application of
opulation balances and the method of moments allows for the pre-
iction of the physiochemical characteristics of the polymer such
s molecular weight, polydispersity index (PDI), melt flow index
MFI), density, polymer production rate, monomer conversion and
ctive site information. In the method of moments, moments of the
hain length distribution are calculated for living and dead poly-
er. These moments are then used to calculate molecular weight

r chain length averages of the polymer produced in the reactor.
The assumptions considered in developing the model are sum-

arized below:

The fluidized bed comprises of two phases: bubble and emulsion.
The emulsion phase is not at the minimum fluidization condition

and the bubbles contain solid particles.
Reactions occur in both bubble and emulsion phases.
There is negligible resistance to heat and mass transfer between
the gas and polymer particles due to small catalyst particles, low
to moderate catalyst activity or polymerization rates [19].
Constant mean particle size is assumed throughout the bed.
A two-site kinetic scheme is assumed.

The difference between developed model and previously
eported models is shown in Table 1.
3.1. Mass balance equations for active sites and reacted
monomers

The mass balance on the number of moles of potential active
sites N*(j) in the reactor is given by:

dN∗(j)
dt

= F∗
in(j) − kf (j)N∗(j) − N∗(j)

Rv

Vp
(16)

The molar flow rate of potential active sites into the reactor F∗
in

(j)
is proportional to the mass feed rate of the catalyst. The volumetric
flow rate of polymer from the reactor is Rv and the volume of the
polymer phase in the reactor is Vp. Similarly, the following equa-
tions can be written for the number of moles of initiation sites N(0,
j) and NH(0, j):

dN(0, j)
dt

= kf (j)N∗(j) − N(0, j)

{
ki(j)[M] + kds(j) + kdI(j)[Im] + Rv

Vp

}
(17)

dNH(0, j)
dt

= Y(0, j){kfh(j)[H2] + kfs(j)} − NH(0, j)

×
{

kh(j)[M] + kds(j) + khr (j)[AlEt3] + kdI(j)[Im] + Rv

Vp

}
(18)

In these equations [M] is the molar monomer (propylene) con-
centration and [H2] is the concentration of hydrogen. Y(0, j) is the
zeroth moment of the living polymer chain length distribution
given as:

Y(0, J) =
∞∑

r=1

{N(r, j)} = N(1, j) +
∞∑

r=2

N(r, j) (19)

The population balance for living chains growing on active sites
of length r = 1 is given by:

dN(1, j)
dt

= ki(j)N(0, j)[M] + NH(0, j){kh(j)[M] + khr(j)[AlEt3]}

+Y(0, j){kfm(j)[M] + kfr(j)[AlEt3]} − N(1, j)

×
{

kp(j)[M] + kfm(j)[M] + kfh(j)[H2] + kfr(j)[AlEt3]

+ kfs(j) + kds(j) + kdI(j)[Im] + Rv

Vp

}
(20)

For the living chains with length greater than 1, r ≥ 2, the equiv-
alent population balance is:

dN(r, j)
dt

= kp(j)[M]N(r − 1, j) − N(r, j){

kp(j)[M] + kfm(j)[M] + kfr(j)[AlEt3] + kfh(j)[H2] + kfs(j)

+ kds(j) + kdI(j)[Im] + Rv

Vp

}
(21)
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Population balances for dead chains (for r ≥ 2) are as follows:

dQ(r, j)
dt

= N(r, j){[M]kfm(j) + [H2]kfh(j) + [AlEt3]kfr(j)

+kfs(j) + kds(j) + kdI(j)[Im]} − Rv

Vp
Q(r, j) (22)

The zeroth moment (number of chains) of the chain length dis-
ribution for the living polymer chain is given by equation (19).
herefore:

dY(0, j)
dt

= d(
∑∞

r=1{N(r, j)})
dt

= dN(1, j)
dt

+
∞∑

r=2

dN(r, j)
dt

(23)

here
∞

r=2

N(r − 1, j) =
∞∑

r=1

N(r, j) = Y(0, j) (24)

By substituting Eqs. (20) and (21) into Eq. (23) and summa-
ion over all r values, the following mass balance on Y(0, j), the
eroth moment of the living polymer chain length distribution can
e obtained:

dY(0, j)
dt

= [M]{ki(j)N(0, j) + kh(j)NH(0, j)} + NH(0, j)khr(j)[AlEt3]

−Y(0, j)

{
kfh(j)[H2] + kfs(j) + kds(j) + kdI(j)[Im] + Rv

Vp

}
(25)

Mass balances on the first and second moments of the living
olymer distribution can be determined as well:

dY(1, j)
dt

= d(
∑∞

r=1r{N(r, j)})
dt

= dN(1, j)
dt

+
∞∑

r=2

r
dN(r, j)

dt

= [M]ki(j)N(0, J) + NH(0, J){kh(j)[M] + khr(j)[AlEt3]}
+Y(0, j){kfm(j)[M] + kfr(j)[AlEt3]} + [M]kp(j)Y(0, j)

−Y(1, j)

{
kfm(j)[M] + kfr(j)[AlEt3] + kfh(j)[H2]

+ kfs(j) + kds(j) + kdI(j)[Im] + Rv

Vp

}
(26)
here
∞

r=2

r{N(r − 1, j)} =
∞∑

r=1

(r + 1)N(r, j) = Y(1, j) + Y(0, j) (27)

able 2
ate constants of the reactions.

Reaction Rate constant Unit

Formation kf(j) s−1

Initiation ki(j) l/mol s
kh(j) l/mol s
khr l/mol s

Propagation kp(j) l/mol s

Transfer kfm(j) l/mol s
kfh(j) l/mol s
kfr(j) l/mol s
kfs(j) l/mol s

Deactivation kds(j) s−1

kdI(j) l/mol s
g Journal 161 (2010) 240–249

Noting that:
∞∑

r=2

r2{N(r − 1, j)} =
∞∑

r=1

(r + 1)2N(r, j)

= Y(2, j) + 2Y(1, j) + Y(0, j) (28)

dY(2, j)
dt

= d(
∑∞

r=1r2{N(r, j)})
dt

= dN(1, j)
dt

+
∞∑

r=2

r2 dN(r, j)
dt

= [M]ki(j)N(0, j) + NH(0, j){kh(j)[M] + khr(j)[AlEt3]}
+Y(0, j){kfm(j)[M] + kfr(j)[AlEt3]} + [M]kp(j){2Y(1, j)

+Y(0, j)} − Y(2, j)

{
kfm(j)[M] + kfr(j)[AlEt3] + kfh(j)[H2]

+kfs(j) + kds(j) + kdI(j)[Im] + Rv

Vp

}
(29)

In the above equations Y(n, j) is the nth moment of the living
polymer chain length distribution, which is given by:

Y(n, j) =
∞∑

r=1

rn[N(r, j)] n = 1, 2, . . . (30)

The moments of the dead polymer distribution are defined by:

X(n, j) =
∞∑

r=1

rnQ(r, j) (31)

Similar equations can be derived for the nth moments of the
chain length distributions for dead polymer chains by substituting
Eqs. (22) and (30) into Eq. (31) and summation over all r values:

dX(n, j)
dt

= Y(n, j){kfm(j)[M] + kfr(j)[AlEt3] + kfh(j)[H2] + kfs(j)

+kds(j) + kdI(j)[Im]} − X(n, j)
Rv

Vp
(32)

The mass balances for the moments of the dead polymer chain
length, distribution were obtained by writing a mass balance on
dead polymer segments of length r and substituting the result into
the definition for the moments given above.

For predicting the homopolymer composition in the reactor at
any time, mass balances for reacted monomers were developed on

the number of moles of each type of monomer bound in the polymer
particles:

dB

dt
= R − B

Rv

Vp
(33)

Site Type 1 Site Type 2 Reference

1 1 [9]

22.88 54.93 [20]
0.1 0.1 [9]

20 20 [9]

342.8 34.28 [5]

0.0865 0.2171 [20]
7.5 7.5 [20]
0.024 0.12 [9]
0.0001 0.0001 [9]

0.00034 0.00034 [20]
2000 2000 [9]
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Table 3
Empirical correlations used in the developed model.

Formula Reference

Remf =
[

(29.5)2 + 0.357Ar
]1/2

− 29.5 [29]

Ar = �g (�s−�g )gd3
p

�2
g

ı = 0.534
[

1 − exp
(

− U0−Umf
0.413

)]
[22]

εe = εmf + 0.2 − 0.059 exp
(

− U0−Umf
0.429

)
[22]

εb = 1 − 0.146 exp
(

− U0−Umf
4.439

)
[22]
A. Shamiri et al. / Chemical Eng

In this equation B is the number of moles of monomer which
re incorporated in the polymer in the reactor and R is the instan-
aneous consumption rate of monomer to form polymer. Assuming
hat the only significant consumption of monomers is by prop-
gation, the following expression for consumption rate can be
btained:

=
NS∑
j=1

[M]Y(0, j)kp(j) (34)

The volumetric outflow rate of polymer, Rv, can be determined
rom the consumption rates of the monomers and the rate of change
f the weight of polymer in the reactor:

v = MwR

�s
− dBw/dt

�s
(35)

.2. Homopolymer properties

The number average and weight average molecular weights,
n and Mw , can be determined using the method of moments as

ollows:

n = Mw

(∑NS
j=1(X(1, j) + Y(1, j))∑NS
j=1(X(0, j) + Y(0, j))

)
(36)

w = Mw

(∑NS
j=1(X(2, j) + Y(2, j))∑NS
j=1(X(1, j) + Y(1, j))

)
(37)

The PDI is defined by the ratio of weight average to number
verage molecular weights:

DI = Mw

Mn

(38)

The instantaneous mass rate production of polymer at sites of
ype j is expressed as:

p(j) = Mw[M]Y(0, j)kp(j) (39)

Control of MFI is an important issue for producing desired
olypropylene grade. MFI of polymer is a function of its molecular
eight, which is related to the operating conditions of the reactor

nd the feed composition. The relation between MFI and the weight
verage molecular weights of polypropylene is given by [9]:

FI = 3.346 × 1017M
−3.472
w (40)

.3. Reaction rate constants

The reaction rate constants used in this work were taken from
ifferent published works on similar reactive systems [5,9,20]. This

s mainly due to the lack of a unique source that covers all the kinetic
arameters for propylene polymerization. Predictions were gener-
ted using the rate constants given in Table 2. The constants from
able 2 provide reasonable predictions. It is worth mentioning that
ormation, initiation, chain transfer and deactivation reaction rate
onstants were taken from polyethylene literature. The rate of these
eactions are mainly related to the catalyst and not affected directly
y the type of monomer. Moreover, it was shown that changes in
he rate constants of formation, initiation, transfer to co-catalyst,
pontaneous transfer and spontaneous catalyst deactivation reac-

ion has marginal influence on the model predictions [9]. Hence,
ssuming similar values for these rate constants as the case of
olyethylene is reasonable. In the present study, effect of tempera-
ure (thus activation energies) on the polymerization kinetics was
ot considered, as all the simulations in this work were done at
VPe = Ah(1 − εe)(1 − ı)

VPb = Ah(1 − εb)ı

constant bed temperature. It has been established that under var-
ious conditions, when the catalyst particles are sufficiently small
and the catalyst activity is not extremely high (low to moderate
polymerization rates), mass and heat transfer resistances inside
the polymer particle and between the gas and the solid polymer
particles do not play an important role and will not significantly
affect the dynamic behavior of the reactor and the overall proper-
ties of the polyolefin [5,8,10,19]. Therefore, the temperature inside
the particles (where the reactions take pace) is practically the same
as the bed temperature.

From the simulations, it was determined that the model pre-
diction of production rate is most sensitive to changes in the
rate constants for propagation, transfer to hydrogen, spontaneous
transfer and deactivation reaction. Polymer properties are influ-
enced by propagation, transfer to hydrogen, spontaneous transfer,
transfer to monomer and deactivation reaction rate constants. For-
mation, initiation and transfer to co-catalyst reaction rate constants
had very little influence on the model predictions. Deactivation rate
constants for impurities are important when carbon monoxide is
presented in the reactor.

3.4. Reactor hydrodynamics

The simple two-phase flow structure for the gas-phase olefin
polymerization model has been used previously in the literature
[1,6,10,21]. This model assumes the existence of solid-free bubbles
in the fluidized bed while the emulsion remains at minimum flu-
idization conditions. However, the voidage of the emulsion phase
may differ far from that at the minimum fluidization. Moreover,
the bubbles may contain different portions of solids [22]. Based
on this concept, Cui et al. [22] proposed the dynamic two-phase
structure (particle concentration in emulsion and bubbles varies
with gas velocity) for the fluidized-bed hydrodynamics. Since the
assumption of the minimum fluidization condition for the emul-
sion phase in the polypropylene reactor (simple two-phase model)
is not realistic [23], the dynamic two-phase flow structure of flu-
idized beds, proposed by Cui et al. [22], was used in this study
to calculate a better estimation of the average bed voidage. The
constants of Cui et al. [22] correlations (Table 3) were selected for
polypropylene Geldart B particles, produced in the reactor. The cor-
relations required for estimating the void fractions of bubble and
emulsion phases from the dynamic two-phase model are summa-
rized in Table 3.

Cui et al. [22] provided the constants of dynamic two-phase
model for FCC and sand as representative of Geldart A and Geldart B

particles. Polypropylene particles are Geldart B, thus, the constants
of this type of particles were chosen and shown in Table 3. It is
worth noting that the same approach was adopted in similar mod-
eling attempts and shown that this model provides good results
[3,4,23–26].
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Table 4
Operating conditions and physical parameters considered in this work for modeling
fluidized-bed polypropylene reactors.

Operating conditions Physical parameters

V (m3) = 50 � (Pa s) = 1.14 × 10−4

Tref (K) = 353.15 �g (kg/m3) = 23.45

Tin (K) = 330.15 �s (kg/m3) = 910

P (bar) = 25 dp (m) = 500 × 10−6

Propylene concentration (mol/l) = 1.267
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Fig. 4 illustrates the effect of impurity (carbon monoxide) on
production rate. As can be seen, the propylene polymerization rate
sharply decreases by carbon monoxide injection. Increasing the
concentration of carbon monoxide results in further decrease in
the polymerization rate.
Hydrogen concentration (mol/l) = 0.02

Catalyst feed rate (g/s) = 0.2

.5. Model solution

In order to reduce the computational efforts for solution of the
odel, the steady-state assumption was made for N*(j), N(0, j),
H(0, j) and N(1, j) species. The set of Eqs. (16), (17), (18) and (20)

s stiff because the dynamics associated with changes in the inter-
ediate species are very fast compared to the dynamics associated
ith the other states in the model [9]. Therefore, the correspond-

ng differential equations were converted to algebraic equations by
etting the left-hand-side derivative terms to zero. The set of model
quations were solved numerically using MATLAB.

. Results and discussion

The model developed in this work was used to evaluate the
erformance of the fluidized-bed reactor of propylene homopoly-
erization. A two-site kinetic scheme was used in the development

f the model. In order to demonstrate the predictive capabilities
f the proposed model, simulations were carried out at the oper-
ting conditions shown in Table 4. Using the dynamic two-phase
ydrodynamic model, it is possible to show that the emulsion phase
ontains about 88% of the catalyst while the bubbles carry about
2% of the catalyst introduced into the reactor [3,27,28]. Therefore,
he reaction rate is higher in the emulsion than in the bubble phase.

However, the portion of reaction occurring in the bubbles is of
ppreciable amount and need to be considered in the model.

It is worth noting that no experimental data were found for the
onditions of this work. Of course, some polymer properties can be
ound for industrial polypropylene grades but the operating condi-
ions of the reactors in which these products have been produced
ave not been revealed. Thus, due to lack of experimental data, the
odel was tested against the simulation results of Zacca et al. [5]

nd Harshe et al. [6]. In the model proposed by Zacca et al. [5] only
ime-dependent reaction mechanisms were considered that were
rst order with respect to catalyst sites and in the model proposed
y Harshe et al. [6], the kinetic scheme of Hutchinson et al. [8] was
sed.

Fig. 2 compares the model developed in this work with the mod-
ls of Zacca et al. [5] and Harshe et al. [6] in terms of the effect of
atalyst feed rate on the production capacity. It can be seen from
his figure that the predicted results obtained by the new model
gree reasonably well with the results reported by Zacca et al. [5]
nd Harshe et al. [6]. Fig. 2 shows that at high increasing catalyst
eed rate, the polymer production rate predicted by the new model
ecomes greater than that obtained by the previous models. This

s mainly due to the consideration of reactions in the bubble phase
hich will result in more polymer production. In fact, the previous

odels have neglected the amount of catalyst in the bubbles. In

ther words, more reaction volume is available in reality compared
o the previous two models, namely, volume of polymer in the bub-
le phase (Vpb) and volume of polymer in the emulsion phase (Vpe).
ence, the reaction capacity of the previous models is lower than
Fig. 2. The present model polymer production rate as compared to previously
reported models.

the present one. This becomes clearer at higher catalyst feed flow
rate. The model was then used to investigate the effect of vari-
ous operating parameters such as superficial gas velocity, catalyst
feed rate and hydrogen concentration on the performance of the
fluidized-bed polypropylene reactor.

4.1. Polymer production rate

Calculated overall production rate of polymer in the reactor as
well as the production rates of polymer in the bubble and emul-
sion phases over the time is shown in Fig. 3. Obviously, the overall
production rate of polypropylene in the bubble phase is less than
that in the emulsion phase due to lower amount of catalyst pre-
sented in the bubble phase compared to the emulsion phase. Share
of the production rates of the polymer in the emulsion and bubble
phases are roughly 88% and 12%, respectively. This clearly indicates
that contribution of the catalyst inside the bubble phase should
not be neglected in any modeling attempt [3]. It is worth noting
that this considerable amount of polymerization in the bubbles was
ignored in all previous gas-phase propylene polymerization models
reported in the literature.
Fig. 3. Evolution of production rate of the polymer over the time in the reactor
(Fcat = 0.2 g/s and U0 = 0.35 m/s).
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ig. 4. Effect of impurity (CO) on production rate (Fcat = 0.2 g/s and U0 = 0.35 m/s).

Influence of superficial gas velocity on polypropylene product
ate and its distribution in the emulsion and bubble phases is illus-
rated in Fig. 5. It is worth mentioning that the feed composition
mole fraction of the components) was kept constant in this case.
his figure shows that increasing the superficial gas velocity results
n decreasing the polymer production rates in emulsion phase, bub-
le phase and total. Based on the dynamic two-phase correlations
iven in Table 3, an increase in the superficial gas velocity increases
he emulsion and the bubble phase void fractions and velocities
hich lead to reducing the volume of polymer in the bubble phase

Vpb) and the emulsion phase (Vpe). Therefore, the monomer mean
esidence time (total volume of monomer in the reactor divided
y the flow rate of monomer at the inlet condition of the reactor)

s reduced, resulting in decreasing the total monomer conversion
nd polymer production rate. An increase in the superficial gas
elocity from 0.1 to 0.7 m/s increases the ratio of production of poly-
er in the bubble phase to the total production rate (Rpb/Rp) from

.92% to 13.14%. Considering the practical superficial gas velocity
ange of 0.3–0.6 m/s, the bubble contribution to the reaction rate
s 11.8–13% which is a considerable amount that should be con-
idered in the model. By increasing the superficial gas velocity,

ore gas and solid particles enter the bubbles, resulting in increas-

ng the bubble contribution to the reaction rate. However, at high
uperficial gas velocity, the residence time of solids in the bubble
hase (total volume of solids in the bubbles divided by the flow
ate of solids entering bubbles at the reactor inlet) is reduced which

ig. 5. Effect of superficial gas velocity on polymer production rate (in emulsion and
ubble phases) at Fcat = 0.2 g/s.
Fig. 6. Effect of Fcat on polymer production rate (in emulsion and bubble phases)
at U0 = 0.35 m/s.

affects the activity of the solid catalyst inside the bubble phase and,
consequently, gives a reduction in polymer production.

Fig. 6 shows the effect of catalyst feed rate on polypropylene pro-
duction rate and its distribution in the emulsion and bubble phases.
It can be seen in this figure that by increasing the catalyst feed rate,
the polymer production rate increases. An increase in the catalyst
feed rate from 0.1 to 1.6 g/s reduces the ratio of the bubble phase
production rate to the total production rate of polymer (Rpb/Rp)
from 11.8% to 11.2%. The results shown in Figs. 5 and 6 reveal that
varying the effect of catalyst feed rate is insignificant on the total
production ratio. On the other hand, the superficial gas velocity has
a profound effect on the gas flow hydrodynamics which results in
a greater variation in the total production rate ratio.

4.2. Polymer properties

Molecular weight of polymer and its distribution affects most
of the essential properties of polypropylene based on which a good
end product can be determined. Small variations in the molecu-
lar structure may improve or impair the polymer properties such
as tensile strength, thermal stability, stiffness, hardness, softening
point and impact strength considerably. The molecular weight dis-
tribution provides a general picture of the ratio of large, medium
and small molecular chains in the polymer. The PDI is used as a mea-
sure of the breadth of the molecular weight distribution. Molecular
weight of the polymer also governs the melt flow index.

The most commonly used test or indicator for flow character-
istic is the MFI which offers an assessment of average molecular
weight and is an inverse measure of the melt viscosity. In other
words, the higher MFI, the more polymer flows under test condi-
tions. Knowing MFI of a polymer is vital to anticipate and control
of its processing. Generally, polymers with higher MFI are used in
injection molding, while polymers with lower MFI are used in blow
molding or extrusion processes.

Fig. 7 shows the molecular weight distribution of the polypropy-
lene product as a function of time. This figure illustrates that
the number and weight average molecular weight of the polymer
increase rapidly at the beginning of the polymerization and reaches
a constant value within less than an hour of start of the production.

PDI has the same profile as that of average molecular weight dur-
ing the course of polymerization. Evolutions of this parameter and

MFI with the time are illustrated in Fig. 8. The final value of the PDI,
under the conditions of this simulation, is stabilized close to 4.4.
This indicates that the produced polypropylene attains a narrow
molecular weight distribution. In general, a narrow distribution
results in a more regular and repeatable production characteristics.
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Fig. 7. Evolution of number and weight average molecular weights as a function of
time in the reactor (Fcat = 0.2 g/s and U0 = 0.35 m/s).
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ig. 8. Evolution of polydispersity index and melt flow index with the time in the
eactor (Fcat = 0.2 g/s and U0 = 0.35 m/s).

Varying hydrogen concentration in the reactor is the most effec-
ive technique to control molecular weight averages of industrial
olypropylene. Effect of hydrogen concentration on MFI and the

DI of the polymer is shown in Fig. 9. It can be seen that by increas-
ng the hydrogen concentration, the polymer MFI increases, while
he PDI decreases exponentially. By injecting more hydrogen, the

olecular weights decrease which results in decreasing the chain

ig. 9. Effect of hydrogen concentration on MFI and PDI (Fcat = 0.2 g/s and
0 = 0.35 m/s).
g Journal 161 (2010) 240–249

length and the degree of polymerization due to the increase of chain
transfer reaction rate. Reduction in the weight average and number
average molecular weights leads to an increase in the polymer MFI
and a decrease in the PDI. This is in accordance with the industrial
findings for polypropylene production [18].

5. Conclusions

A dynamic kinetic model for the production of polypropylene
in a gas-phase fluidized-bed reactor was developed in this work.
The hydrodynamics of the fluidized-bed reactor of polypropy-
lene production was based on the dynamic two-phase concept of
fluidization. This hydrodynamic model was combined with a struc-
tured kinetic model to provide a better understanding of the reactor
performance. In this model two types of active sites on the het-
erogeneous Ziegler–Natta catalyst were considered. It was shown
that a two-site model can predict the changes in production rate,
number and weight average molecular weights, PDI and MFI in
an industrial reactor. This model is capable of predicting essential
reactor parameters such as polymer productivity of the reactor as
well as properties of the produced polymer such as average molec-
ular weight, PDI and molecular weight distribution of polymer. The
proposed model was used to study the effects of operating, kinetic
and hydrodynamic parameters on the reactor performance as well
as polymer properties. Since the bubbles were considered to con-
tain solids, polymerization reactions were occurred not only in the
emulsion phase but also inside the bubbles. Results of the pro-
posed model were compared with the results reported by Zacca
et al. [5] and Harshe et al. [6] for the polymer production rate.
The simulated production rate profile showed a trend very simi-
lar to the previously reported models. However, at high catalyst
flow rate, the proposed model departs slightly from the previ-
ous models, due to the consideration of reactions in the bubble
phase.

It was shown that by increasing superficial gas velocity from 0.1
to 0.7 m/s the polymer produced inside the bubble phase increases
from 7.92% to 13.14%. Considering the practical superficial gas
velocity range of 0.3–0.6 m/s, the bubble contribution to the reac-
tion rate was estimated to be 11.8–13% which is a quantity that
needs to be considered in the model. The presence of carbon
monoxide in the feed gases resulted in reduction of polypropy-
lene production rate which highlights the importance of including
a carbon monoxide pretreatment facility in the process.
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